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The mass transfer coefficients and Sherwood numbers for catalyzed fluid cracking
catalyst particles were measured and computed in a two-dimensional (2-D) bubbling
fluidized bed, with ozone decomposition reaction. The measured and computed Sher-
wood numbers, using 3- and 2-D kinetic theory based computational fluid dynamics
simulations, were of the order of 10�6–10�2. The low Sherwood numbers were in rea-
sonable agreement with the literature data for small particles, at low Reynolds num-
bers. The computational fluid dynamics simulations showed that it is possible to com-
pute conversions in fluidized bed reactors without using the conventional model with
empirical mass transfer coefficients. VVC 2011 American Institute of Chemical Engineers
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Introduction

The conventional design of fluidized bed reactor requires
the knowledge of dispersion and mass transfer coefficients.
Gunn1 and Kato et al.2 showed that the Sherwood number
for large particles is equal to the diffusion limit of two plus
the convection conveyed in terms of the Reynolds and
Schmidt numbers. However, the Sherwood numbers for fine
particles are known to be much smaller than those for large
particles.3–5 Breault6 and Breault and Guenther7 reviewed
that the Sherwood number varies by at least seven orders of
magnitude in the literature, i.e., from 10�5 to 102. The Sher-
wood numbers for small particles are low due to the forma-
tion of clusters,8 which increases the mass transfer resistance
due to restricted movement of gas into dense clusters. In
addition, as explained by Chalermsinsuwan et al.,5 the con-
ventional definition of Sherwood number in fluidized beds
utilizes only the difference between the radial distribution of

concentration caused by hydrodynamics, and not by diffu-

sional resistance between bulk and particle surface. In view

of the fact that the Sherwood number is directly related to

the particle size, the formation of cluster in the system does

not necessarily mean low mass transfer.

This study presents the measurements and computation of
mass transfer coefficients and Sherwood numbers, with
decomposition of ozone on the surface of catalyzed fluid
cracking catalyst (FCC) particles, in a two-dimensional (2-
D) bubbling fluidized bed at IIT, using the concept of addi-
tive diffusional and chemical reaction resistances. The reac-
tion rate constants were measured in the free board region
by utilizing the ozone and solids concentrations. The meas-
urements, and 3- and 2-D kinetic theory based computational
fluid dynamics (CFD) simulations using FLUENT, showed
variations in Sherwood number by four orders of magnitude,
i.e., from 10�6 to 10�2. The mass transfer coefficients varied
by three orders of magnitude, i.e., from 10�6 to 10�3 m/s.
Here, the Sherwood numbers were within the literature val-
ues at low Reynolds numbers.6,7 The mass transfer coeffi-
cients and Sherwood numbers vary significantly in the
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literature due to different flow regimes and locations of data
acquisition in fluidized beds. In this study, the Sherwood
number increased by three orders of magnitude by replacing
the particle size with the cluster or bubble size in the Sher-
wood number equation for particles.

Ozone Decomposition Reaction

Among other reactions, the ozone decomposition reaction
has been utilized by various authors4,5,9–19 as the chemical
reaction for studying reactions in fluidized beds. A recent
publication (Kashyap and Gidaspow20) described the use of
ozone decomposition reaction in two different fluidized bed
systems. It has been shown in the literature (Frye et al.,21

Fryer and Potter,9 Jiang et al.,22 Pagliolico et al.,23 Ouyang
et al.,10,11 and Hansen et al.15) that the ozone decomposition
reaction is a simple irreversible first order catalytic reaction,
given as:

2O3ðgÞ ! 3O2ðgÞ (1)

where, 2 mols of ozone gas are converted to 3 mols of oxygen
gas. The rate of reaction for ozone decomposition can be
written as:

Rate of ozone decompostion reaction ¼ rO3

¼ �kreactionCO3
es ð2Þ

where, rO3
is the rate of reaction; kreaction is the reaction rate

constant; CO3
is the ozone concentration; es is the solids

volume fraction of catalyst.
As shown by Chalermsinsuwan et al.,5 the total or effec-

tive resistance can be shown as the sum of reaction and
mass transfer resistances for the first order reaction. In view
of the facts that very low concentrations of ozone are suffi-
cient to carry out the ozone decomposition reaction; the pro-
duction of heat is low during the reaction; the reaction can
take place at room temperatures; it is easy to perform the
experiments; the ozone concentrations can be measured fast
and accurately using ozone analyzers,13 the ozone decompo-
sition reaction was selected in this study for the measure-
ments and computation of mass transfer coefficients in the
riser section of the IIT 2-D circulating fluidized bed (CFB).

Differential Reactor System

The ozone decomposition reaction on the surface of cata-
lyzed 76 lm FCC particles was utilized for the measure-
ments of mass transfer coefficients in the riser section of the
2-D CFB at IIT. Figure 1 shows the schematic diagram of
the IIT 2-D CFB. The interior walls of the riser section of
the CFB were made up of 0.013 m thick glass sheets to
avoid sticking of FCC particles to the walls due to electro-
statics caused by abrasion. The fluidized bed had the inside
dimensions of 0.305 m width (radial- or x-axis) by 1.283 m
height (axial- or y-axis) by 0.051 m depth (tangential- or z-
axis). The glass structure of the riser section of the CFB was
enclosed within a 0.013 m thick acrylic sheet framework.
The downcomer section of the CFB was made up of 0.013
m thick acrylic sheets, with the inside dimensions as 0.305
m width by 1.397 m height by 0.051 m depth. To support

the bed of FCC particles, fine 304 L stainless steel wire sup-
port grids (165 � 1400 mesh) were placed at the bases of
the riser and downcomer sections of the CFB. In order to
attain uniform distribution of air at the inlets of the fluidized
bed, two 0.318 m and 0.47 m tall gas distributors were
placed below the support grids in the riser and downcomer
sections, respectively. The riser and downcomer sections
were 0.305 m apart, and were connected by an acrylic
cuboid connector with openings of 0.076 m on each side,
placed at an angle of 30 degrees with the horizontal, at
0.076 m above the distributors. The top sections of the riser
and downcomer were connected by an acrylic cuboid con-
nector with openings of 0.152 m height on each side.

The compressed air used as the fluidizing gas was condi-
tioned before entering the riser section of the 2-D CFB. In
the first attempt to dry moisture from the air, a heating coil
was used around the inlet gas pipe. Then, the remaining
water was removed from the air stream by flowing air
through a silica gel bed, before entering another water filter
installed in the pipe line. Next, a pressure regulator was used
to keep the air pressure constant at 30 psig.

Thereafter, the air flow rate into the riser section of the 2-D
CFB was controlled by directing the air stream through a ro-
tameter with a manual valve. The air entered the distributor
axially (y-axis) at the bottom, and radially (x-axis) and tangen-
tially (z-axis) at the center. In a parallel pipeline beyond the
pressure regulator, the ozone into the riser section of the 2-D

Figure 1. Schematic diagram of the IIT 2-D CFB, modified
for the measurements of mass transfer coeffi-
cients, with ozone decomposition reaction.
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CFB was generator in the ozone generator installed after a
barbed ball valve followed by a rotameter with the capability
to measure extremely low flow rates of air. The ozone entered
the distributor axially at the bottom, radially (x-axis) very
close to the entrance for the fluidizing air, and tangentially (z-
axis) at the center. Air from the top of the downcomer section
of the CFB was discharged to atmosphere through an exhaust
pipe. The downcomer section of the CFB was separated from
the riser section with the use of a temporary removable wall to
fluidize the particles in the bubbling fluidization regime.

The fluidized bed was used as a differential reactor, with
eight holes fitted with PVC barbed ball valves, radially (x-
axis) at the center and tangentially (z-axis) on the front wall,
along the axial (y-axis) direction. The valves were fitted by
cautiously self-drilling the glass and acrylic walls, using a
drill bit for glass. The purpose of installing the valves was
to withdraw time series samples of the mixture of ozone and
air for further analysis by the ozone analyzer. Small Teflon
tubes were connected to the inside openings of each barbed
ball valve to withdraw gas samples tangentially (z-axis) from
the center of the fluidized bed. Two more PVC barbed ball
valves were fitted on the distributor and at the top of the
riser section to analyze the ozone concentrations at the inlet
and outlet, respectively. Figure 2 shows the photograph of
the bottom portion of the riser section of the IIT 2-D CFB
system, with the barbed ball valves.

Apparatuses for the Ozone Decomposition
Reaction

Ozone generator

After intensive survey, the ozone generator and the ozone
analyzer were obtained from Ozone Solutions. The ozone
generator (HG-1500), with variable output control, had a
capacity to generate a maximum 750 mg/h ozone on dry air,
and 1500 mg/h ozone on oxygen. The gas used in this study
was dry air. The ozone generator had 0.0064 m barbed air
inlet and ozone outlet connectors. Among the main methods
for the production of ozone, i.e., corona discharge, ultravio-
let (UV), cold plasma, etc., the corona discharge method was
the principle for the generation of ozone in this system. The
corona discharge ozone generator was operated fundamen-
tally by passing dried oxygen through an electrical field. The
electrical current caused the splitting of the oxygen mole-
cules. The oxygen atom then combined with the oxygen
molecule to produce ozone. The center of the corona dis-
charge ozone generator system had a dielectric. The electri-
cal charge was diffused over the dielectric surface, thus, cre-
ating an electrical field, or corona.

Thermometer and hygrometer

The relative humidity and temperature of the gas mixture
in the fluidized bed were measured with standard digital hy-
grometer and thermometer, respectively.

Ozone analyzer

The ozone analyzer (UV-100), which was a lightweight
bench-top UV ozone analyzer, was used to measure the
ozone concentrations at the inlet, outlet and eight other posi-

tions along the axial direction (y-axis) in the fluidized bed.
The analyzer was a product of Eco Sensors. The ozone ana-
lyzer setup comprised the ozone analyzer, PVC barbed ball
valves with barb connectors to control the flow of the ozone
gas at various positions in the fluidized bed to the ozone an-
alyzer, and the Teflon tubes connecting the ozone analyzer
and the PVC barbed ball valves. The ozone analyzer had a
measuring range of 0.01 to 900 ppm, with a resolution of
0.01 ppm. The response time of the apparatus was 10 s. The
ozone concentration output was displayed on an LCD screen.
The UV source in the ozone analyzer was a 254 nm mercury
lamp. A 30 lm opening screen was placed in the Teflon
tube connecting the barbed valves attached to the fluidized
bed and the ozone analyzer, to avoid particles from going
into the analyzer.

Theory of operation of ozone analyzer

The ozone molecules have maximum absorption by UV
light at 254 nm, same as the principal emission wavelength
of a low-pressure mercury lamp. The ozone concentration
was measured by the ozone analyzer using the Beer’s law.
The ozone analyzer could measure 0–100 ppm ozone with
2% accuracy, and 100–900 ppm ozone with 5% accuracy.
The ozone analyzer was rented precalibrated from Eco Sen-
sors, based on NIST standards. The analyzer was calibrated
again at IIT by measuring a known concentration of ozone
generated by the ozone generated, when passed through the
fluidized bed without particles. The experimental data were
transferred to a Dell PC using a USB cable and drivers pro-
vided with the ozone analyzer, for further analysis.

Figure 2. Photograph of the bottom portion of the riser
section of the IIT 2-D CFB system for the
measurements of ozone concentrations.

[Color figure can be viewed in the online issue, which is
available at wileyonlinelibrary.com.]
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Preparation of Catalyst

The noble metals and transition metal oxides are the
active catalysts for the ozone decomposition reaction.24 In
view of the high cost of noble metals, the metal oxide cata-
lysts are usually used for ozone decomposition reactions.
The order of the performance of catalysts was shown by
Dhandapani and Oyama24 as follows:

MnO2 > Co3O4 > NiO > Fe2O3 > Ag2O > Cr2O3 > CeO2

> MgO > V2O5 > CuO

The literature survey showed that many types of catalysts can
be used for the ozone decomposition reaction. Some of the
catalysts used by the previous researchers were: sand particles,
impregnated with ferric oxide;9 FCC particles, impregnated
with ferric oxide;22 c-alumina particles, impregnated with ferric
oxide;23 and FCC particles, coated with ferric nitrate.10,11,16

The FCC particles, impregnated with ferric nitrate, were
used as catalysts in this study. The FCC particles, which are
primarily composed of porous amorphous aluminum hydro-
silicate, were activated by soaking in a 5 wt % solution of
ferric nitrate (Sigma-Aldrich), overnight. The FCC particles
were then dried and calcined in an oven with a hood at
475�C for 2–3 hours, until no NO2 was released from ferric
nitrate. During this process, the ferric nitrate was converted
to ferric oxide, which was the active component for the
ozone decomposition reaction:

FeðNO3Þ3:nH2O �!475
�
C 1

2
Fe2O3 þ 3NO2 þ 3

4
O2 þ nH2O

System Properties

Three cases, i.e., Cases A, B and C, of experiments were
performed for the measurements of ozone concentrations,
with the system geometry and properties described in Table 1.
The particles used for the measurements of mass transfer
coefficients in the riser section of the IIT 2-D CFB were
Geldart A type25 76 lm FCC particles, with a particle den-
sity of 1654 kg/m3. The CFB was operated as a bubbling flu-
idized bed. Dry air was used as the fluidizing gas at room
temperature. The inlet ozone gas was mixed with air in the
distributor placed at the bottom of the fluidized bed. The
concentrations of ozone were measured using the ozone ana-
lyzer at various axial levels (y-axis) ranging from 0 to 1.086
m in different cases, where 0 m was the inlet. The ozone
concentrations were measured radially (x-axis) at r/R ¼ 0
(center), and tangentially (z-axis) at z/Z ¼ 0 (center). The
solids volume fractions were measured using the light diode
assembly: at the axial positions of the measurements of
ozone concentrations, radially at the center (r/R ¼ 0) and
tangentially averaged (�1 � z/Z � 1). The tangentially aver-
aged solids volume fractions were assumed to be equal to
those tangentially at the center (z/Z ¼ 0).

The experiments for Cases A, B and C were performed
with air entering the fluidized bed, from the bottom at

Table 1. System Geometry and Properties for the Measurements of Ozone Concentrations in the IIT 2-D CFB

Geometry/Property Case A Case B Case C Unit

2-D CFB material Acrylic/glass –
Riser section width (D2-D) 0.3048 m
Riser section height (H) 1.283 m
Riser section depth (W2-D) 0.051
Measuring axial distance from the

bottom of riser section (Hmeasurement)
H0 ¼ 0, H3 ¼ 0.146,
H4 ¼ 0.184, H5 ¼ 0.267,
H6 ¼ 0.381, H7 ¼ 0.711,
H8 ¼ 1.086

H0 ¼ 0, H3 ¼ 0.146,
H4 ¼ 0.184, H5 ¼ 0.267,
H6 ¼ 0.381, H7 ¼ 0.711,
H8 ¼ 1.086

H0 ¼ 0, H1 ¼ 0.076,
H2 ¼ 0.108, H3 ¼ 0.146,
H4 ¼ 0.184, H5 ¼ 0.267,
H6 ¼ 0.381, H7 ¼ 0.711,
H8 ¼ 1.086

m

Measuring horizontal distance from right
wall of riser, Xmeasurement (See Figure 1)

0.152 (Center) m

Measuring distance from the plane, z ¼ 0,
Zmeasurement (See Figure 1)

0 (Center) m

Downcomer section width (Ddowncomer) 0.305 m
Cuboid connector opening (Dconecting pipe) 0.076 m
Cuboid connector angle with

horizontal (ahorizontal)
30 degree

Riser section outlet size (Doutlet) 0.152 m
Particle type FCC –
Particle diameter (dp) 76 lm
Particle density (qs) 1654 kg/m3

Packing fraction (es,max) 0.66 –
Fluidizing gas Air –
Operating temperature (Tg) 298 K
Gas density (qg) 1.2 kg/m3

Gas viscosity (lg) 1.8 x 10�5 kg/(m-s)
Terminal velocity (Ut) 0.28 m/s
Minimum fluidization velocity (Umf) 0.003 m/s
Superficial gas velocities (Ug) 0.343 0.337 0.289 m/s
Inlet ozone concentration (CO3(inlet)

) 13.2 12.5 10.5 PPM
Initial bed height (Hinitial) 0.054 m
Steady state for time averaging (tsteady) 60 s
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superficial gas velocities of 0.343, 0.337, and 0.289 m/s,
respectively. The inlet ozone concentrations for Cases A, B
and C were 13.2, 12.5, and 10.5 ppm, respectively. The ini-
tial bed height in all the three cases was 0.054 m. The ozone
concentration data were averaged over 60 s in each case.

Experimental Procedure for the Measurements of
Mass Transfer Coefficients

Ozone concentration measurements

The ozone analyzer was warmed up for about an hour
before performing the experiments. A weighed sample of
FCC particles, impregnated with ferric oxide, was added to
the riser section of the 2-D CFB, and the initial height of the
bed was noted. Since the downcomer side of the CFB was
blocked with a removable wall, the system was operated as
a bubbling fluidized bed. The air flow rate was set to fluidize
the particles in the bubbling fluidization regime. The flow
rates of air and ozone entering the fluidized bed system were
controlled by two previously calibrated rotameters. One ro-
tameter was used to control the fluidizing gas, whereas, the
other was used to introduce low amounts of air to the ozone
generator. The ozone generator converted the oxygen from
air to ozone. The ozone gas and fluidizing air were then
mixed in the distributor of the fluidized bed. The concentra-
tion of ozone in the fluidizing air into the fluidized bed from
the bottom was measured and kept constant throughout the
experiment at that particular flow rate of air. The inlet ozone
concentration was measured by taking samples of the mix-
ture of air and ozone from the distributor, by opening the
PVC barbed ball valve connected to the ozone analyzer. The
initial ozone concentrations were fixed at 13.2, 12.5, and
10.5 ppm for experiments in Cases A, B and C, respectively.
The heat produced by the chemical reaction was neglected
due to low concentrations of ozone in the system.

The expanded bed height was noted visually. To measure
the ozone concentrations at different levels along the axial
direction (y-axis) in the bubbling fluidized bed, each one of
the eight PVC ball valves drilled through the wall of the flu-
idized bed was opened individually. The samples of the mix-
ture of air and ozone gases were withdrawn from the fluid-
ized bed at various axial positions by moving up from the
bottom, each time for 60 s under steady state conditions, for
analysis by the ozone analyzer.

Light diode assembly for the measurements of solids
volume fractions

A light diode assembly has been used several times to
understand the dynamics in fluidized beds by measuring sol-
ids volume fractions (Refs. 26–29). The solids volume frac-
tions in this study were measured by recording the voltage
generated from a photovoltaic sensor upon passing a con-
stant monochromatic light source through the walls of the
fluidized bed. Fiber-Lite A3200 (Dolan-Jenner Industries),
with a 200 W bulb, was utilized as the high intensity optical
fiber light source. The light source provided an unvarying
color uniform light with modulated intensity control. The in-
tensity of light was measured using a high-speed borosilicate
detector (Edmunds Optics model NT55-338 15 mm2). The
voltage generated by the detector was inversely proportional

to the solids volume fraction. The voltage signal was col-
lected using a National Instruments data collection system,
and analyzed using the LabView software.

The Beer-Lambert-Bouguer or Beer’s law was the mathe-
matical basis for the light diode assembly technique used to
analyze the experimental data for the measurements of solids
volume fractions. This technique was in accordance with the
concept that the transmitted light can be described as a linear
function of the porosity of the system. According to the Beer’s
law, the intensity of the transmitted light was given as:

I ¼ I0e
�dql (6)

where, I was the intensity of the transmitted light; Io was the
intensity of incident light; d was the attenuation coefficient; q
was the density of the material; l was the path length.

This method utilized the fact that the absorptions for light
were different for the gas and solid phases. The solids vol-
ume fractions were obtained from the natural logarithm of
intensities. From Seo and Gidaspow,30 the relation between
the intensity and the solids volume fractions could be given
as:

� ln
I

I0

� �
¼ ðAs � AgÞ es þ Ag (7)

where, As ¼ dsqsls; Ag ¼ dgqglg.
The coefficients in Eq. 7 were obtained by measuring the

light intensities at known solids volume fractions, i.e., from
calibration curve obtained by recording voltage outputs
through empty (es ¼ 0) and full pipes (es ¼ es,max). The max-
imum solids volume fraction or the packing fraction, es ¼
es,max, was measured separately, in a static bed as:

es; max : ¼ Volume of particles

Volume of bed
¼ mparticles=qs

� �
Vbed

¼ mparticles=qs
� �

D2�D:W2�D:hbedð Þ � 0:66 ð8Þ

where, es,max was the packing fraction of particles; mparticles

was the mass of bed of particles (3.73 kg); D2 � D was the
inner width of the riser (0.3048 m);W2 � D was the inner depth
of the riser (0.051 m); hbed was the height of particles in the
static bed (0.22 m); Vbed was the volume of bed (0.003 m3).

The solids volume fractions were measured at different
axial positions in the fluidized bed using the light diode as-
sembly. Three sets of data were obtained for calibration,
each for the empty pipe and the pipe completely filled with
particles, each time for 20 s. Voltages obtained in each set
were averaged over the entire time for which the experi-
ments were performed, which were further averaged over all
the three sets. After obtaining the coefficients in Eq. 7 using
this calibration method, a relation between the voltage output
and solids volume fraction was used to measure time de-
pendency of solids volume fraction, for each test run.

Results and Discussion

Ozone concentration

Figure 3 shows the axial variations of the ozone concen-
trations in the riser section of the CFB reactor operated as
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bubbling fluidized bed, at three different superficial gas
velocities. The concentration of ozone decreased upon mov-
ing up in the reactor in all the three cases due to successive
conversion caused by reaction on the surface of the catalyst.
Ozone was not completely reacted inside the reactor due to
partial bypassing of ozone in the center of the fluidized bed,
along the tangentially (z-axis) inward direction, and also due
to the shallow bed used in this study. This was further due
to lower concentration of catalyst at the center than near the
walls,4,5,10,11 in the core-annular regime.29 In addition, the
decrease in the concentration of ozone was more significant
at the lowest superficial gas velocity, in Case C, as com-
pared to that at the highest superficial gas velocity, in Case
A. This was due to the fact that in the former case, the gas
had more time to react on the surface of the catalyst than in
the later case.

Solids volume fraction

Figure 4 shows the axial variations of the measured solids
volume fractions at three superficial gas velocities, using the
light diode assembly. The solids volume fractions varied
between 0.2 and 1% at the top of the bubbling bed when the
superficial gas velocity was varied between 0.289 and 0.343
m/s. The solids concentrations were close to the packing
fraction in the bottom section of the fluidized bed.

Calculation of Mass Transfer Coefficient and
Sherwood Number

The principal information needed for understanding a
chemical reaction is the reaction rate constant. The experi-
mentally obtained reaction rate constants for the first order
ozone decomposition reaction vary by three orders of magni-
tude in the literature. Chalermsinsuwan et al.5 recently used
four different reaction rate constants by varying them in the
range of the values obtained from the literature. In this
study, the rates of reaction were obtained from ozone con-
centrations and solids volume fractions in the bubbling fluid-
ized bed.

The conservation of species equation was written as:

@

@t
egqgyi
� �þr � egqgvgyi

� � ¼ ri (9)

where, t was the time; eg was the voidage; vg was the actual gas
velocity; yi was the mass fraction of specie, i; ri was the rate of
reaction of specie, i.

The conservation of species equation for ozone, upon inte-
gration of Eq. 9 over time and over the radial (x-axis) and
tangential (z-axis) directions, gave the 1-D steady state bal-
ance as5,20:

vyeg
dCO3

dY
¼ ri (10)

where, vy was the velocity of gas phase in the axial (y-axis)
direction; Y was the axial (y-axis) distance.

For the first order ozone decomposition reaction, the reac-
tion rate constant was independent of the gas concentration,
and was given by Eq. 2. Substitution of Eq. 2 in Eq. 10
gave:

vyeg
dCO3

dY
¼ �KCO3

es (11)

where, K was the effective rate constant.
Chalermsinsuwan et al.5 utilized the concept of equating

the external mass transfer in terms of the global rate to the
mass transfer from bulk gas to the catalyst surface at steady
state,4,31,32 to use the overall resistance from Eq. 11 to give
the mass transfer coefficient as:

1

K
¼ 1

kmass transferav
þ 1

kreaction
(12)

where, kmass transfer was the mass transfer coefficient; av was
the surface area per unit volume of a spherical particle.

The Sherwood number was given as:

Sh ¼ kmass transferdp
Ddiff:

(13)

Figure 3. Axial profiles of measured local ozone con-
centrations, for Cases A, B, and C.

[Color figure can be viewed in the online issue, which is
available at wileyonlinelibrary.com.]

Figure 4. Axial variations of measured solids volume
fractions, for Cases A, B, and C.

[Color figure can be viewed in the online issue, which is
available at wileyonlinelibrary.com.]
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where, Sh was the Sherwood number; Ddiff was the molecular
diffusivity equal to 2.88 � 10�5 m2/s. Bolland and Nicolai4

used a similar method to analyze the ozone decomposition
data in their fluidized bed.

Measurements of reaction rate constants

The experiments were not designed to obtain precise reac-
tion rate constants for the ozone decomposition reaction, but
they were designed to obtain the mass transfer coefficients
and Sherwood numbers. Hence, the precise measurements
for the reaction rate constants were not needed, as long as
they were in the range of the literature values. However, the
procedure for the measurements of the reaction rate con-
stants is described in this section.

The measurements of the reaction rate constants in this
study were obtained in a fluidized bed instead of a fixed bed
reactor,9–11 using ozone concentrations and solids volume
fractions. This was in view of the attempt to explain mass
transfer phenomena in a bubbling fluidized bed.

For the measurements of effective rate constants in the
differential reactor, CO3

and es in Eq. 11 were the average
concentrations of ozone and catalyst, respectively, taken
between pairs of consecutive points along the axial direction
(y-axis), separated by a distance, Y. At low solids velocities,
the product of the actual gas velocity and the voidage in Eq.
11 could be represented as the superficial gas velocity.25

Values of the ozone concentrations and solids volume frac-
tions were obtained from the data presented in Figures 3 and
4, respectively.

Hence, in the differential reactor, Eq. 11 was rewritten as:

Ug

ðCO3ð2Þ � CO3ð1ÞÞ
ðY2 � Y1Þ ¼ �K

ðCO3ð1Þ þ CO3ð2ÞÞ
2

ðes1 þ es2Þ
2

(14)

where, Ug was the superficial gas velocity; Y1, Y2 were axial
positions; CO3(1)

, CO3(2)
were ozone concentrations at axial

positions, Y1 and Y2, respectively; es1, es2 were solids volume
fractions at axial positions, Y1 and Y2, respectively.

Here, CO3
¼ ðCo3ð1ÞþCo3ð2ÞÞ

2
and es ¼ ðes1þes2 Þ

2
were the average

concentrations of ozone and catalyst, respectively, between
two axial points, separated by a distance of Y ¼ Y2 � Y1.

Substitution of all the parameters in Eq. 14 gave the effec-
tive rate constant, K, between pairs of consecutive points
along the axial (y-axis) direction, as shown in Figure 5. The
effective rate constants at the lowest superficial gas velocity,
0.289 m/s, were high in the free board region due to the ab-
sence of significant amount of solids, as expected from Eq. 11.

Figure 5 shows that the effective rate constant is not only
a local property, but is also a function of superficial gas ve-
locity. The bubbling fluidized bed can be divided into the
dense bubbling region at the bottom and the dilute cluster or
free board region at the top. The effective rate constant in
the bubbling region was much smaller than that in the clus-
ter region. This was due to the fact that the bed was denser
in the bubbling region than in the free-board or cluster
region, leading to the formation of bigger and denser clusters
in the bubbling region. The resistance to mass transfer was
assumed to be small in the cluster region, thus, the system
was not mass transfer controlled in that region. After
neglecting the mass transfer resistance in Eq. 12, the reaction

rate constant was equated to the effective rate constant in
the free board region. The reaction rate constant was meas-
ured in the free board region, as both the resistances due to
mass transfer and reaction were significant in the bubbling
region, thus, making it incorrect to neglect the mass transfer
resistance in that region. Hence, the mass transfer resistance
was neglected in the region where the resistance due to reac-
tion was more significant than the mass transfer resistance.

The effective rate constant was made independent of the
superficial gas velocity in the free board region, in order to
make the reaction rate constant independent of the superfi-
cial gas velocity in the same region.29 The linear equations
for the effective rate constant vs. superficial gas velocity
were solved in pairs, in the free board region, at the heights
of 0.71, 0.38, and 0.27 m, to obtain the effective rate con-
stant independent of the superficial gas velocity. The results
obtained at the lowest superficial gas velocity of 0.289 m/s
were not included in the measurements of the reaction rate
constants due to the presence of extremely low amount of
particles in the free board region at that superficial gas
velocity.

Table 2 shows that the values of the measured reaction
rate constants in this study were 15.53, 8.47, and 5.62 s�1.
Table 3 shows that the values of the reaction rate constants
for the ozone decomposition reaction on the surface of cata-
lyst FCC particles were found to vary by at least three orders
of magnitude in Refs. 4,9–11 and 22. The reaction rate con-
stants measured using the 1-D conservation of species equa-
tion in this study, with values between 5.62 and 15.53 s�1,
were in reasonable agreement with those obtained by other
authors from experiments. Hence, the use of these reaction
rate constants in carrying out experiments and CFD simula-
tions in 2- and 3-D systems described later was justified.
However, the differences in the values of the reaction rate
constants for the first order ozone decomposition reactions
were due to different activities of the catalyst, and the tem-
perature and humidity conditions during the experiments.
For example, Breault6 stated that the ozone decomposition
reaction highly depends upon the moisture content.

Figure 5. Axial variations of the effective rate con-
stants, at three different superficial gas
velocities.

[Color figure can be viewed in the online issue, which is
available at wileyonlinelibrary.com.]
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Furthermore, van Swaaij and Zuiderweg33 stated that the
value of the reaction rate constant for the ozone decomposi-
tion reaction highly depends upon both temperature and hu-
midity.

Measurements of Mass Transfer Coefficient and
Sherwood Number

The mass transfer coefficients and Sherwood numbers in
the bubbling fluidized bed were calculated using Eqs. 12 and
13, respectively. Table 4 summarizes the measured mass
transfer coefficients and Sherwood numbers in the bubbling
and cluster regions, at three different superficial gas veloc-
ities, at the heights of (A) 0, (B) 0.076, (C) 0.108, (D)
0.146, (E) 0.184, (F) 0.267, (G) 0.381, and (H) 0.711 m,
with various reaction rate constants shown in Table 2. The
mass transfer coefficients and Sherwood numbers were
measured at various axial levels (y-axis), and radially and
tangentially at the center (r/R ¼ 0; z/Z ¼ 0). The depend-
ence of the mass transfer coefficient and Sherwood number
on the reaction rate constant supports the results obtained in
the literature (Solbrig and Gidaspow,34 Kulacki and Gidas-
pow,35 and Bird et al.36). The measured mass transfer coeffi-
cients and Sherwood numbers in the bubbling and cluster
regions were of the orders of 10�5–10�3 m/s and 10�5–10�3

(-), respectively. These values lied reasonably well in the
lower Reynolds number (Rep ¼ qgdpUg

lg
¼ 1:47; 1:71; 1:74)

region in the literature comparison of the Sherwood numbers
by Breault6 and Breault and Guenther,7 as described later in
Figure 16. It was observed that similar to the dispersion
coefficients (Refs. 37 and 38), the mass transfer coefficients
and Sherwood numbers were also local quantities that
changed with the position inside the fluidized bed.

Table 4 shows that for low reaction rate constants of 5.62
and 8.47 s�1, the resistances due to reaction were too high at
some locations, especially in the free board region, that the
reaction controlled the system at those locations. However,
for high reaction rate constant of 15.53 s�1, the diffusion
resistances became large and were computed using the con-
cept of additive diffusional and chemical reaction resistan-
ces. In view of the fact that the overall effective rate con-
stant was close to the reaction rate constant, the mass trans-
fer was reasonably good. However, the reason for low
Sherwood number was its direct dependence on the particle
diameter. Equation 13 was rewritten as:

Sh ¼ kmass transferdp
Ddiff:

¼ 6kmass transfer

avDdiff:
(15)

Equation 15 shows that for small particles or large surface area
per unit volume of particles, the mass transfer coefficient had
to be extremely high to give a Sherwood number of two. The

formation of particle clusters in the bubbling fluidized bed
decreased the mass transfer due to the restriction of movement
of gas into the dense clusters. However, the mass transfer was
not as poor as it was implied by the extremely small values of
the Sherwood numbers, which depend upon the diameter of
particles, not clusters.

Kashyap29 shows the formation of bubbles and clusters in
the riser section of the IIT 2-D CFB, under conditions simi-
lar to those utilized in this study. The largest cluster in the
free board region was of the order of 0.14 m, whereas, the
largest bubble in the bubbling region was of the order of
0.11 m. Table 4 shows that the substitution of cluster and
bubble sizes in place of the particle diameter, in Eq. 13 for
the Sherwood number for particles, gave the Sherwood num-
bers for clusters (Shc ¼ Shpdc

dp
) in the free board region and

for bubbles (Shb ¼ Shpdb
dp

) in the bubbling region three orders

of magnitude higher than those for the particles. This shows
that the convection to diffusion ratio for fine particles was
lower than that for large particles, which do not form clus-
ters. In addition, for the diffusion limit of two for the Sher-
wood number, the estimated cluster and bubble diameters
are shown in Table 4. The calculated cluster and bubble
sizes varied between 0.05 and 5 m for the Sherwood number
of two. An example of the measurement of mass transfer
coefficient and Sherwood number is shown in Appendix.

CFD Simulations Using Kinetic Theory Based
Model in FLUENT

This section of the paper describes the 3- and 2-D CFD
simulations performed by considering the ozone decomposi-
tion reaction in the bubbling fluidized bed used in the exper-
imental section of this study. The simulations were per-
formed in the riser section of the IIT 2-D CFB, using a
standard kinetic theory based model described in Gidaspow25

and Gidaspow and Jiradilok,39 and available in MFIX and
the commercial code, FLUENT 6.2.16 (Fluent40), with the
Energy Minimization Multi-Scale (EMMS) interphase
exchange coefficient or drag model. The model was used to
compare the computed mass transfer coefficients and Sher-
wood numbers with the measured values.

The bubbles in the bubbling bed usually do not contain
almost any particles. Therefore, there should be almost negli-
gible decomposition of ozone inside the bubbles, as the rate
of ozone decomposition reaction is directly proportional to
solids volume fraction (Eqs. 10 and 11). In order to avoid
the computation of reaction inside the bubbles, the clusters
and bubbles need to be resolved properly. Otherwise, the
inability to resolve the clusters and bubbles could result in

Table 2. Measured Reaction Rate Constants by Solving in
Pairs the Equations for the Effective Rate Constants as

Functions of Two Superficial Gas Velocities

Heights Used to Solve
Linear Equations (m)

0.711 and
0.381

0.711 and
0.267

0.381 and
0.267

kreaction (s
�1) 15.53 8.47 5.62

Table 3. Ozone Decomposition Reaction Rate Constants
from Experimental Studies in the Literature

Authors Reaction Rate Constant (s�1)

Fryer and Potter (1976) 0.049–7.75
Jiang et al. (1991) 2.8–5.1
Ouyang et al. (1993) 3.96
Ouyang et al. (1995) 14.18–57.2
Bolland and Nicolai (2001) 26–62
This study 15.53, 8.47, 5.62
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Table 4. Measured Mass Transfer Coefficients and Sherwood Numbers at Different Axial Positions in the IIT 2-D Fluidized
Bed, for Cases A, B, and C, Using Additive Resistances (Bubble and Cluster Diameters were Calculated from Pictures Given

in Kashyap29)

av ¼ 78,947 m�1

Case Ug (m/s) kreaction (s
�1)

K at the Bottom of
Bubbling Bed
(H0 ¼ 0) (s�1)

kmass tranfer

(m/s) Shp (�) db (m) Shb (�)
Shdiff. limit

(�) dc (diff.) (m) Rep (�)

C 0.289 15.53 2.91 4.54E-05 0.00012 0.11 0.174 2 1.27 1.47
B 0.337 15.53 2.66 4.06E-05 0.00011 0.11 0.155 2 1.42 1.71
A 0.343 15.53 2.55 3.86E-05 0.00010 0.11 0.148 2 1.49 1.74
C 0.289 8.47 2.91 5.62E-05 0.00015 0.11 0.215 2 1.02 1.47
B 0.337 8.47 2.66 4.91E-05 0.00013 0.11 0.187 2 1.17 1.71
A 0.343 8.47 2.55 4.62E-05 0.00012 0.11 0.176 2 1.25 1.74
C 0.289 5.62 2.91 7.67E-05 0.00020 0.11 0.293 2 0.75 1.47
B 0.337 5.62 2.66 6.39E-05 0.00017 0.11 0.244 2 0.90 1.71
A 0.343 5.62 2.55 5.91E-05 0.00016 0.11 0.226 2 0.97 1.74

Case Ug (m/s) kreaction (s
�1) K at H1 ¼ 0.076 m (s�1) kmass transfer (m/s) Shp (�) dc (m) Shc (�) Shdiff. limit (�) dc (diff.) (m) Rep (�)

C 0.289 15.53 1.09 1.48E-05 0.00004 0.14 0.072 2 3.89 1.47
B 0.337 15.53 – – – – – – – –
A 0.343 15.53 – – – – – – – –
C 0.289 8.47 1.09 1.58E-05 0.00004 0.14 0.077 2 3.65 1.47
B 0.337 8.47 – – – – – – – –
A 0.343 8.47 – – – – – – – –
C 0.289 5.62 1.09 1.71E-05 0.00005 0.14 0.083 2 3.37 1.47
B 0.337 5.62 – – – – – – – –
A 0.343 5.62 – – – – – – – –

Case Ug (m/s) kreaction (s
�1) K at H2 ¼ 0.108 m (s�1) kmass transfer (m/s) Shp (�) dc (m) Shc (�) Shdiff. limit (�) dc (diff.) (m) Rep (�)

C 0.289 15.53 1.58 2.23E-05 0.00006 0.14 0.109 2 2.58 1.47
B 0.337 15.53 – – – – – – – –
A 0.343 15.53 – – – – – – – –
C 0.289 8.47 1.58 2.47E-05 0.00007 0.14 0.120 2 2.34 1.47
B 0.337 8.47 – – – – – – – –
A 0.343 8.47 – – – – – – – –
C 0.289 5.62 1.58 2.79E-05 0.00007 0.14 0.136 2 2.06 1.47
B 0.337 5.62 – – – – – – – –
A 0.343 5.62 – – – – – – – –

Case Ug (m/s) kreaction (s
�1) K at H3 ¼ 0.146 m (s�1) kmass transfer (m/s) Shp (�) dc (m) Shc (�) Shdiff. limit (�) dc (diff.) (m) Rep (�)

C 0.289 15.53 2.89 4.49E-05 0.00012 0.14 0.218 2 1.28 1.47
B 0.337 15.53 0.84 1.13E-05 0.00003 0.14 0.055 2 5.10 1.71
A 0.343 15.53 0.91 1.23E-05 0.00003 0.14 0.06 2 4.68 1.74
C 0.289 8.47 2.89 5.55E-05 0.00015 0.14 0.27 2 1.04 1.47
B 0.337 8.47 0.84 1.19E-05 0.00003 0.14 0.058 2 4.85 1.71
A 0.343 8.47 0.91 1.30E-05 0.00003 0.14 0.063 2 4.43 1.74
C 0.289 5.62 2.89 7.53E-05 0.0002 0.14 0.366 2 0.76 1.47
B 0.337 5.62 0.84 1.26E-05 0.00003 0.14 0.061 2 4.58 1.71
A 0.343 5.62 0.91 1.38E-05 0.00004 0.14 0.067 2 4.16 1.74
Case Ug (m/s) kreaction (s

�1) K at H4 ¼ 0.184 m (s�1) kmass transfer (m/s) Shp (�) dc (m) Shc (�) Shdiff. limit (�) dc (diff.) (m) Rep (�)

C 0.289 15.53 7.80 1.99E-04 0.00052 0.14 0.966 2 0.29 1.47
B 0.337 15.53 2.25 3.34E-05 0.00009 0.14 0.162 2 1.72 1.71
A 0.343 15.53 1.27 1.75E-05 0.00005 0.14 0.085 2 3.30 1.74
C 0.289 8.47 7.80 1.25E-03 0.00329 0.14 6.070 2 0.05 1.47
B 0.337 8.47 2.25 3.89E-05 0.00010 0.14 0.189 2 1.48 1.71
A 0.343 8.47 1.27 1.89E-05 0.00005 0.14 0.092 2 3.05 1.74
C 0.289 5.62 7.80 – – 0.14 – 2 – 1.47
B 0.337 5.62 2.25 4.77E-05 0.00013 0.14 0.232 2 1.21 1.71
A 0.343 5.62 1.27 2.07E-05 0.00005 0.14 0.101 2 2.78 1.74

(Continued)
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mismatching of the ozone concentrations along the axial
direction in the fluidized bed. Besides, in real situations, in
the core-annular regime, there is bypassing of gas in the cen-
ter of the fluidized bed of FCC particles, along the tangential
(z-axis) direction, which is difficult to compute using a 2-D
geometry. Hence, this section of the paper presents results
from extremely fine meshes/grids in 3- and 2-D computa-
tional domains. However, Xie et al.41 studied the effect of
dimensions in fluidized bed simulations, and found that the
2-D geometry using Cartesian and cylindrical coordinates
could be successfully used to simulate the hydrodynamics in
the bubbling bed regimes.

Hydrodynamic model

The hydrodynamic model used in FLUENT is described
in Table 5. The model used the principle of solving Navier-
Stokes equations. The basic equations numerically solved in
the code were the conservation of mass, momentum, energy,
and gas species, and constitutive equations, for gas and solid
phases, using Eulerian-Eulerian approach,25,39,42 where each
phase was considered continuum. The model incorporated
the kinetic theory of granular flow, as reported by Neri and
Gidaspow.43

A more detailed description of the kinetic theory model
used in FLUENT can be obtained from Fluent.44 The

EMMS drag model,45,46 which is a modification of the Wen
and Yu47 drag law, and was developed using the concept of
particle clusters, was used in this study.

System description and computational domain

The CFD simulations were performed for Cases 1 to 13, for
the fluidized bed shown in Figure 1, by varying the (1) super-
ficial gas velocity; (2) reaction rate constant; (3) mesh/grid
sizes; (4) initial particle bed height; and (5) geometry between
three- and two-dimensions. All the simulations were performed
under bubbling fluidization conditions. The computational
domains for the 3- and 2-D geometries, with defined x, y, and
z directions, are shown in Figures 6A, B, respectively.

The 3- and 2-D geometries had tetrahedral/hybrid and
quadrilateral type meshes, respectively. The total numbers of
cells in the 3-D geometry were around 35,000 and 100,000,
whereas, the total number of cells in the 2-D geometry were
around 24,000. The riser section had inner width and height
of 0.3048 and 1.283 m, respectively. The depth of the riser
section in 3-D geometry was 0.051 m. The bottom inlets for
the mixture of air and ozone were divided into twelve equal
width rectangles and lines in 3- and 2-D geometries, respec-
tively. This was done to be able to use nonuniform gas ve-
locity profiles at the inlets. The outlet size on the right side
of the bubbling fluidized bed was 0.152 m.

Table 4. (Continued)

av ¼ 78,947 m�1

Case Ug (m/s) kreaction (s
�1) K at H5 ¼ 0.267 m (s�1) kmass transfer (m/s) Shp (�) dc (m) Shc (�) Shdiff. limit (�) dc (diff.) (m) Rep (�)

C 0.289 15.53 9.80 3.37E-04 0.00089 0.14 1.636 2 0.17 1.47
B 0.337 15.53 9.32 2.95E-04 0.00078 0.14 1.435 2 0.20 1.71
A 0.343 15.53 7.23 1.72E-04 0.00045 0.14 0.834 2 0.34 1.74
C 0.289 8.47 9.80 – – 0.14 – 2 – 1.47
B 0.337 8.47 9.32 – – 0.14 – 2 – 1.71
A 0.343 8.47 7.23 6.26E-04 0.00165 0.14 3.043 2 0.09 1.74
C 0.289 5.62 9.80 – – 0.14 – 2 – 1.47
B 0.337 5.62 9.32 – – 0.14 – 2 – 1.71
A 0.343 5.62 7.23 – – 0.14 – 2 – 1.74

Case Ug (m/s) kreaction (s
�1) K at H6 ¼ 0.381 m (s�1) kmass transfer (m/s) Shp (�) dc (m) Shc (�) Shdiff. limit (�) dc (diff.) (m) Rep (�)

C 0.289 15.53 16.66 – – 0.14 – 2 – 1.47
B 0.337 15.53 8.66 2.48E-04 0.00065 0.14 1.205 2 0.23 1.71
A 0.343 15.53 6.95 1.59E-04 0.00042 0.14 0.774 2 0.36 1.74
C 0.289 8.47 16.66 – – 0.14 – 2 – 1.47
B 0.337 8.47 8.66 – – 0.14 – 2 – 1.71
A 0.343 8.47 6.95 4.88E-04 0.00129 0.14 2.373 2 0.12 1.74
C 0.289 5.62 16.66 – – 0.14 – 2 – 1.47
B 0.337 5.62 8.66 – – 0.14 – 2 – 1.71
A 0.343 5.62 6.95 – – 0.14 – 2 – 1.74

Case Ug (m/s) kreaction (s
�1) K at H7 ¼ 0.711 m (s�1) kmass transfer (m/s) Shp (�) dc (m) Shc (�) Shdiff. limit (�) dc (diff.) (m) Rep (�)

C 0.289 15.53 37.56 – – 0.14 – 2 – 1.47
B 0.337 15.53 11.01 4.79E-04 0.00126 0.14 2.329 2 0.12 1.71
A 0.343 15.53 9.88 3.44E-04 0.00091 0.14 1.673 2 0.17 1.74
C 0.289 8.47 37.56 – – 0.14 – 2 – 1.47
B 0.337 8.47 11.01 – – 0.14 – 2 – 1.71
A 0.343 8.47 9.88 – – 0.14 – 2 – 1.74
C 0.289 5.62 37.56 – – 0.14 – 2 – 1.47
B 0.337 5.62 11.01 – – 0.14 – 2 – 1.71
A 0.343 5.62 9.88 – – 0.14 – 2 – 1.74
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The restitution coefficients were 0.95 and 0.9 for the parti-
cle–particle and particle-wall collisions, respectively. The
specularity coefficient was 0.0001. A reasonable time step of
1 � 10�3 s was used. The simulations in Cases 1 to 13 were
run for 40 s. By reasonably assuming quasi-steady state, the
simulation results were averaged for 15 s in each case,
beyond 25 s. Table 6 presents the system geometry and
properties for the CFD simulations using FLUENT, in Cases
1 to 13. The CFD simulations were performed on a 64-bit
Dell Precision 690 workstation, with IntelVR XeonVR 2.66
GHz CPU 2 GB RAM.

Initial and boundary conditions

The use of practical initial and boundary conditions was
extremely essential in obtaining realistic results from the
CFD simulations. In view of the fact that the superficial gas
velocities in Cases A and B, in experiments, were very close

Table 5. Kinetic Theory Based Hydrodynamic Model for
FLUENT

Conservation of mass or continuity equations

1. Gas phase:

@ðqgegÞ
@t þr � ðqgegvgÞ ¼ 0

2. Solid phase:

@ðqsesÞ
@t þr � ðqsesvsÞ ¼ 0

Conservation of momentum equations
1. Gas phase

@ðqgegvgÞ
@t

þr � ðqgegvgvgÞ ¼ �egrPg þr � sg
� bA vg � vs

� �þ egqgg

2. Solid phase

@ðqsesvsÞ
@t

þr � ðqsesvsvsÞ ¼ �esrP�rPs þr � ss þ bAðvg � vsÞ
þ esðqs � qgÞg

Conservation of fluctuating energy equation for particles
(h ¼ 1

3
:\C2 >)

3

2

@

@t
ðesqshÞ þ r � ðesqsvshÞ

� �
¼ �rPsI þ ss

� �
: rvs

þr � ðjsrhÞ � cs þ /ls

Conservation of energy equations
1. Gas phase

@

@t
ðegqghgÞ þ r:ðegqgvghgÞ ¼ �eg

@Pg

@t
þ sg : r:vg þ Sg þQsg

with, hg ¼ $ cpg dTg

2. Solid phase

@

@t
ðesqshsÞ þ r:ðesqsvshsÞ ¼ �es

@Ps

@t
þ ss : r:vs þ Ss þ Qgs

with, hs ¼ $ cps dTs

Conservation of species equations (I ¼ O3, O2 or N2 (air))

@
@t ðegqgyiÞ þ r:ðegqgvgyiÞ ¼ ri

Constitutive equations

1. Definitions

eg þ es ¼ 1

2. Gas pressure

Pg ¼ qg RTg

3. Stress tensor (ph. ¼ gas or solid)

where,

Dm; ph: ¼ 1
2
½rvph: þ ðrvph:ÞT�

4. Solid phase pressure

Ps ¼ qs es y [1 þ 2(1 þ e)g0 es]

(Continued)

5. Solid phase shear viscosity

ls¼
10qsdp

ffiffiffiffiffiffi
ph

p

96 1þ eð Þgoes 1þ4

5
ð1þeÞgoes

� �2
þ 4

5
esqsdpgoð1þ eÞ

ffiffiffi
h
p

r

6. Solid phase bulk viscosity

ks ¼ 4
3
esqsdpgoð1þ eÞ

ffiffi
h
p

q

where, g0 is the radial distribution function

go ¼ 1� es
es;max

8: 9;1=3
� ��1

7. Collisional dissipation of solid fluctuation energy

cs ¼ 3 1� e2ð Þe2sqsgoh 4
ds

ffiffi
h
p

q
�r � vs

8: 9;
8. Granular conductivity of fluctuating energy

js¼ 150qsdp
ffiffiffiffi
ph

p
384 1þeð Þgo 1þ 6

5
ð1þ eÞgoes


 �2þ2e2sqsdpgoð1þ eÞ
ffiffi
h
p

q

9. Gas–solid drag coefficient (EMMS drag) for eg \ 0.74 (based
on the Ergun equation)

bA ¼ 150
e2slg
egd2p

þ 1:75
qges
dp

vg � vs
�� ��

for eg � 0.74

bA ¼ 3
4
Cd

qgeseg vg�vsj j
dp

xðegÞ

when, 0.74 � eg � 0.82, x(eg) ¼ �0.5760 þ 0:0214
4ðeg�0:7463Þ2þ0:0044

when, 0.82 � eg � 0.97, x(eg) ¼ �0.0101 þ 0:0038
4ðeg�0:7789Þ2þ0:0040

when, eg [ 0.97, x(eg) ¼ �31.8295 þ 32.8295eg

where,

Cd ¼ 24

Rep
1þ 0:15 Re0:697p

h i
for Rep\1000

Cd ¼ 0:44 for Rep � 1000

Rep ¼
egqgdp vg � vs

�� ��
lg

Table 5. (Continued)
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to each other, the inlet superficial gas velocities employed in
different cases in the CFD simulations were 0.343 and 0.289
m/s only. The simulation results were compared with the
experiments at the superficial gas velocities of 0.343 and
0.289 m/s in Cases A and C, respectively. The reaction rate
constants used in the simulations were 15.53, 8.47, and 5.62
s�1, as obtained experimentally. The inlet ozone concentra-
tions were 13.2 and 10.5 ppm at the superficial gas velocities
of 0.343 and 0.289 m/s, respectively. There were no solids
entering the fluidized bed from the bottom, as the fluidized
bed was operated in the bubbling fluidization regime.

Initially, the fluidized bed was filled with particles up to a
height of 0.0762 m in Cases 1 to 8 and Cases 10 to 13, as
against 0.054 m in the experiments. This was due to the fact
that during the experiments, there may have been a slight
inflow of particles from the downcomer to the riser section
through possible gaps between the temporary removable wall
and the walls of the riser section, resulting in slight increase
in the height of the bed. Besides, the CFD simulation results
reasonably matched the measured ozone concentrations,
mass transfer coefficients and the Sherwood numbers, by
making such a minor change in the initial height. However,
the initial height in Case 9 was 0.054 m.

A pressure of one atmosphere was specified at the outlet.
A no-slip boundary condition was utilized for the gas phase
velocities in the radial and axial directions at the walls.
While the no-slip boundary condition was used for the radial
solids velocity at the walls, the Johnson and Jackson48 slip
boundary condition was employed for the axial solids veloc-

ity at the walls. The Johnson and Jackson48 granular temper-
ature boundary condition was utilized for the granular tem-
perature at the walls. Table 7 summarizes the initial and
boundary conditions for the CFD simulations performed
using the kinetic theory based model in FLUENT, consider-
ing the ozone decomposition reaction, for Cases 1 to 13.

Simulation Results

The main criteria for obtaining reliable results from the
simulations were to reasonably match the ozone decomposi-
tion with the experimental data, and to support the measure-
ments of low mass transfer coefficients and Sherwood num-
bers in this study.

The descriptions of the cases studied in this section of the
paper were as follows: Cases 1 to 8 and Cases 10 to 13 had
initial particle bed heights of 0.0762 m, whereas, Case 9 had
an initial particle bed height of 0.054 m. Cases 1 to 9 uti-
lized 3-D geometry. Cases 1, 2, and 3 had around 35,000
cells, with the reaction rate constants of 15.53, 8.47, and
5.62 s�1, respectively. The inlet ozone concentration and su-
perficial gas velocity in Cases 1, 2, and 3 were 13.2 ppm
and 0.343 m/s, respectively. Case 4 was similar to Case 1,
but with around 100,000 cells. In terms of the geometry,
Cases 5, 6, and 7 were similar to Cases 1, 2, and 3, respec-
tively. However, the inlet ozone concentration and superfi-
cial gas velocity in Cases 5, 6, and 7 were 10.5 ppm and
0.289 m/s, respectively. Case 8 was similar to Case 5, but
had around 100,000 cells. Case 9 was similar to Case 1, but

Figure 6. (A) 3- and (B) 2-D computational simulation domains for the riser section of the IIT 2-D CFB, using FLU-
ENT.
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with a different initial particle bed height. Cases 10 to 13
used 2-D geometries. Cases 10, 11, and 12 were similar to
Cases 1, 2, and 3, respectively. Case 13 was similar to Case
5. This paper describes some of the important results,
whereas, detailed results are given in Kashyap.29

Solids volume fraction distribution

Figure 7 shows a close-up view of the solids volume frac-
tion in the bottom section of the bubbling fluidized bed, for
Case 8. There was a clear coexistence of clusters and bub-
bles in the bubbling bed of Geldart A type particles, with
solids concentrations of the bubbles and clusters being
around 1 and 35% solids, respectively.

Figures 8A, B compare the time averaged axial profiles of
the measured and computed solids volume fractions, between
two mesh/grid sizes of 35,000 and 100,000 cells. Figures
8A, B were obtained at the superficial gas velocities of
0.343 and 0.289 m/s, respectively. The computed results
among two different mesh/grid sizes at each superficial gas
velocity were reasonably close to each other, showing that
35,000 cells were sufficient to obtain reasonable results. The
computed solids volume fractions were significantly lower
than the measured values at each superficial gas velocity,
especially in the bubbling region. This could be due to the
fact that there was a slight sticking of particles towards the
walls of the fluidized bed in the experiments, leading to the
measurements of high solids volume fractions. Besides, the
solids volume fractions were measured tangentially averaged
(�1 � z/Z � 1), as compared to the computations at tangen-
tially centered (z ¼ 0) locations. Although the tangential of
the solids volume fractions were mostly flat, the profiles
with extremely fine meshes/grids showed slight core-annular

regimes at both superficial gas velocities.29 This means that
the measured tangentially averaged values of the solids vol-
ume fractions were somewhat higher than those computed
tangentially at the center.

The comparisons of the time averaged axial profiles of the
measured and computed solids volume fractions, between su-
perficial gas velocities of 0.343 and 0.289 m/s, are shown in
Kashyap.29 The bed expansions in the experiments were
higher than those in the computations. This could be related
to the selection of the drag model from those currently avail-
able in the literature. The EMMS drag law has generally
been used to simulate CFBs with relatively lower solids vol-
ume fractions, as against the bubbling fluidized beds. In addi-
tion, many researchers have successfully simulated bubbling
fluidized beds of Geldart B type particles,42,49 but there have
not been significant reporting of computations in bubbling
fluidized beds of Geldart A type particles. van Wachem
et al.50 showed that the hydrodynamics has high sensitivity to
the drag model. McKeen and Pugsley51 reported that the gen-
erally poor comparisons of the computed results for Geldart
A particles with the experiments can be attributed to the exis-
tence of significant interparticle forces that are neglected in
most simulations. They introduced a new scale factor, Cdrag,
to the drag model to take into account the other forces in the
system. However, such changes in the drag laws are yet to be

Figure 8. Comparison of measured and computed axial
profiles of solids volume fractions, for differ-
ent grid sizes, for (A) Cases A, 1 and 4, and
(B) Cases C, 5 and 8.

[Color figure can be viewed in the online issue, which is
available at wileyonlinelibrary.com.]

Figure 7. Close-up views of solids volume fractions in
the riser section, at z 5 0, in Case 8, at 40 s.

[Color figure can be viewed in the online issue, which is
available at wileyonlinelibrary.com.]
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proved successful to work universally in all the systems using
Geldart A type particles.

In view of the fact that the experiments were designed to
measure mass transfer coefficients, and not to get precise
values of the reaction rate constants, the differences in the
measured and computed solids volume fractions are reason-
ably acceptable.

Figures 9A, B compare the time averaged axial profiles of
the measured and computed solids volume fractions, between
3- and 2-D geometries. Figures 9A, B were obtained at the
superficial gas velocities of 0.343 and 0.289 m/s, respec-
tively. The 2-D CFD simulations computed slightly higher
solids volume fractions in the free board region than the 3-D
CFD simulations. However, the 3-D CFD simulations com-
puted slightly higher solids volume fractions than the 2-D
CFD simulations, in the bubbling region. This could be due
to slight differences in the actual gas velocities between the
3- and 2-D simulations, caused by the inability to accurately
scale the 2-D system for the missing third dimension. This
could also be due to accurate computation of dense clusters
of particles by 3-D CFD simulations, leading to slightly
higher solids volume fractions than those in the 2-D simula-

tions. Overall, the differences in the values of the solids vol-
ume fractions computed by 3- and 2-D CFD simulations
were not significant. Hence, in view of the fact that the 3-D
CFD simulations were time-expensive, the conclusions by
Xie et al.41 that the 2-D CFD simulations can be used suc-
cessfully to simulate the bubbling fluidized beds, were rea-
sonable.

Ozone concentration distribution

The contour of the ozone concentration for Case 8, at 40
s, is shown in Figure 10. The inlet ozone concentration at
the superficial gas velocity of 0.289 m/s was 10.5 ppm. The
ozone concentration decreased upon moving up in the bub-
bling bed. However, the ozone was not completely decom-
posed inside the shallow bed of catalyzed particles. Ozone
concentration contours for other cases studied in this
research are given in Kashyap.29

Figure 11 shows the axial profiles of ozone concentrations
for (A) experiments and 3-D CFD simulations at a superfi-
cial gas velocity of 0.343 m/s, and (B) experiments and 3-D
CFD simulations at a superficial gas velocity of 0.289 m/s,
with reaction rate constants of 15.53, 8.47, and 5.62 s�1. As
expected, the ozone decomposition reaction rate increased or
the ozone concentration decreased, with the increase in the
reaction rate constant. As stated earlier, the agreement
between the computed and the measured ozone concentra-
tions in the bubbling region was good at the reaction rate
constant of 8.47 s�1. However, the computed and measured
ozone concentrations in the free board region agreed reason-
ably well with each other at the reaction rate constant of
15.53 s�1. The deviations of the computed ozone concentra-
tions from the measured values were due to high dependence
of the reaction rate constant on the activity of the catalysts,
and temperature and humidity conditions.

Figure 9. Comparison of measured and computed axial
profiles of solids volume fractions, for 3- and
2-D geometries, for (A) Cases A, 1, 2, 3, 10,
11, and 12, and (B) Cases C, 5 and 13.

[Color figure can be viewed in the online issue, which is
available at wileyonlinelibrary.com.]

Figure 10. Ozone concentration contours in the riser
section, at z 5 0, in Case 8, at 40 s.

[Color figure can be viewed in the online issue, which is
available at wileyonlinelibrary.com.]
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Figures 12A, B compare the time averaged axial profiles
of the measured and computed ozone concentrations,
between two mesh/grid sizes of 35,000 and 100,000 cells.
Figures 12A, B were obtained at the superficial gas veloc-
ities of 0.343 and 0.289 m/s, respectively. The finer mesh/
grid model gave slightly better agreement with the measured
values due to better resolution of bubbles and clusters. How-
ever, the differences were nearly inconspicuous. This shows
that 35,000 cells were sufficient to obtain reasonable results,
as the 100,000 cells utilized significant computational power.

Figure 13 shows a comparison of the time averaged axial
profiles of the measured and computed ozone concentrations,
considering initial particle bed heights of 0.0762 and 0.054
m, at a superficial gas velocity of 0.343 m/s and a reaction
rate constant of 15.53 s�1. The deviation of the computed
ozone concentrations from the measured values in the bub-
bling region was higher with initial particle bed height of
0.054 m, as compared to that for 0.0762 m.

Figures 14A, B compare the time averaged axial profiles
of the measured and computed ozone concentrations,
between 3- and 2-D geometries. Figures 14A, B were
obtained at the superficial gas velocities of 0.343 and 0.289
m/s, respectively. In the bubbling region, the 2-D CFD simu-

lations computed ozone concentrations higher than those
computed by the 3-D CFD simulations. However, in the free
board region, the 3-D CFD simulations computed higher
ozone concentrations than those computed by the 2-D CFD
simulations. These trends could be supported by the opposite
trends of the solids volume fractions shown in Figure 9.

The time averaged radial distributions of ozone concentra-
tions at various heights, in Case 1, are shown in Figure 15. The
profiles for other cases are given in Kashyap.29 The profiles
were almost opposite to the core-annular profile for solids vol-
ume fractions. The ozone concentration profiles were primarily
flat in the free board region due to the absence of solids. In the
dense region, up to a height of 0.184 m, the ozone concentra-
tions were higher at the center than near the walls.4,10,11 This
was due to the high concentrations of solids near the
walls.10,11,52,53 The high solids volume fractions near the wall
due to core-annular regime cause higher ozone decomposition
rate as compared to that in the dilute core region.

Computation of Mass Transfer Coefficient and
Sherwood Number

The methods used for the computation of mass transfer
coefficients and Sherwood numbers were similar to those
described in the experimental section of this paper. The

Figure 11. Comparison of measured and computed
axial variations of ozone concentrations, for
various reaction rate constants, for (A)
Cases A, 1, 2 and 3, and (B) Cases C, 5, 6,
and 7.

[Color figure can be viewed in the online issue, which is
available at wileyonlinelibrary.com.]

Figure 12. Comparison of measured and computed
axial variations of ozone concentrations, for
different grid sizes, for (A) Cases A, 1 and 4,
and (B) Cases C, 5 and 8.

[Color figure can be viewed in the online issue, which is
available at wileyonlinelibrary.com.]
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mass transfer coefficients and Sherwood numbers in the bub-
bling fluidized bed were computed using Eqs. 12 and 13,
respectively. Similar to the experiments, the effective rate
constants in the differential reactor type bubbling fluidized
bed for Cases 1 to 13 were computed using Eq. 14, where,
CO3

and es were the average concentrations of ozone and
FCC particles, respectively, taken between pairs of consecu-
tive points along the axial direction (y-axis), separated by
distance, Y. Hence, the effective rate constants were
obtained between pairs of consecutive points along the axial
(y-axis) direction. The computed effective rate constants
were obtained from the solids volume fractions and ozone
concentrations computed radially (x-axis) and tangentially (z-
axis) at the center (r/R ¼ 0; z/Z ¼ 0).

The mass transfer coefficients and Sherwood numbers
were computed at various axial levels (y-axis), and radially
and tangentially at the center (r/R ¼ 0; z/Z ¼ 0), using Eqs.
12 and 13, respectively.

Table 8 summarizes the computed mass transfer coeffi-
cients and Sherwood numbers in the bubbling and cluster
regions, for Cases 1 to 13, at the heights of (A) 0.076, (B)
0.108, (C) 0.146, (D) 0.184, (E) 0.267, and (F) 0.381 m. The
computed mass transfer coefficients and Sherwood numbers
were of the orders of 10�6–10�3 m/s and 10�6–10�2 (-),
respectively. Figure 16A shows a reasonably good agreement
between the measured and computed Sherwood numbers at
low Reynolds numbers. Figure 16B shows a reasonably good
agreement with the literature values summarized by Breault
(2006) and Breault and Guenther (2009), particularly with
those obtained by extrapolating the data by Bolland and Nic-
olai.4 Figure 16 and Table 8 show that the mass transfer
coefficients and Sherwood numbers were local quantities that
changed with the location within the fluidized bed. This sup-
ports the reasoning by Breault6 that the mass transfer coeffi-
cients and Sherwood numbers vary significantly due to dif-
ferent flow regimes and locations of data acquisition in the
fluidized beds.

In the bubbling region, both the resistances due to reaction
and mass transfer were comparable, and were computed

using the principle of additive resistances, using Eq. 12.
However, in the free board region, the resistance due to
reaction was much higher than the resistance due to mass
transfer, causing inability to compute the later in that region.

Figure 13. Comparison of measured and computed
axial variations of ozone concentrations, at
different initial bed heights, for Cases A, 1
and 9.

[Color figure can be viewed in the online issue, which is
available at wileyonlinelibrary.com.]

Figure 14. Comparison of measured and computed
axial variations of ozone concentrations, for
3- and 2-D geometries, for (A) Cases A, 1, 2,
3, 10, 11 and 12, and (B) Cases C, 5 and 13.

[Color figure can be viewed in the online issue, which is
available at wileyonlinelibrary.com.]

Figure 15. Radial distributions of ozone concentrations
at various heights, for Case 1, at z 5 0.

[Color figure can be viewed in the online issue, which is
available at wileyonlinelibrary.com.]
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Table 8. Computed Mass Transfer Coefficients and Sherwood Numbers at Different Axial Positions in the IIT 2-D Fluidized
Bed, for Cases 1 to 13, Using additive Resistances (Bubble and Cluster Diameters were Obtained Roughly from the Solids

Volume Fraction Contors)

av ¼ 78.947 m�1

Case Ug (m/s) kreaction (s
�1) K at H1 ¼ 0.076 m (s�1) kmass transfer (m/s) Shp (�) db (m) Shb (�) Shdiff. limit (�) db (diff.) (m) Rep (�)

1 0.343 15.53 5.51 1.08E-04 0.00029 0.07 0.249 2 0.53 1.74
2 0.343 8.47 7.14 5.77E-04 0.00152 0.07 1.333 2 0.10 1.74
3 0.343 5.62 3.72 1.40E-04 0.00037 0.07 0.322 2 0.41 1.74
4 0.343 15.53 6.88 1.57E-04 0.00041 0.07 0.362 2 0.37 1.74
5 0.289 15.53 5.20 9.91E-05 0.00026 0.07 0.229 2 0.58 1.47
6 0.289 8.47 5.84 2.39E-04 0.00063 0.07 0.551 2 0.24 1.47
7 0.289 5.62 3.83 1.52E-04 0.00040 0.07 0.350 2 0.38 1.47
8 0.289 15.53 8.13 2.16E-04 0.00057 0.07 0.499 2 0.27 1.47
9 0.343 15.53 15.09 6.80E-03 0.01794 0.07 15.700 2 0.01 1.74
10 0.343 15.53 11.30 5.26E-04 0.00139 0.07 1.215 2 0.11 1.74
11 0.343 8.47 5.20 1.71E-04 0.00045 0.07 0.394 2 0.34 1.74
12 0.343 5.62 5.41 1.84E-03 0.00487 0.07 4.259 2 0.03 1.74
13 0.289 15.53 22.08 – – 0.07 – 2 – 1.47

Case Ug (m/s) kreaction (s
�1) K at H2 ¼ 0.108 m (s�1) kmass transfer (m/s) Shp (�) dc (m) Shc (�) Shdiff. limit (�) dc (diff.) (m) Rep (�)

1 0.343 15.53 10.78 4.46E-04 0.00118 0.07 1.029 2 0.13 1.74
2 0.343 8.47 7.94 1.59E-03 0.00421 0.07 3.681 2 0.04 1.74
3 0.343 5.62 2.18 4.50E-05 0.00012 0.07 0.104 2 1.28 1.74
4 0.343 15.53 0.36 4.73E-06 0.00001 0.07 0.011 2 12.18 1.74
5 0.289 15.53 24.54 – – 0.07 – 2 – 1.47
6 0.289 8.47 1.91 3.12E-05 0.00008 0.07 0.072 2 1.85 1.47
7 0.289 5.62 0.13 1.64E-06 4.33E-06 0.07 0.004 2 35.13 1.47
8 0.289 15.53 7.48 1.83E-04 0.00048 0.07 0.422 2 0.32 1.47
9 0.343 15.53 – – – 0.07 – 2 – 1.74
10 0.343 15.53 17.07 – – 0.07 – 2 – 1.74
11 0.343 8.47 3.07 6.10E-05 0.00016 0.07 0.141 2 0.94 1.74
12 0.343 5.62 0.73 1.06E-05 0.00003 0.07 0.024 2 5.44 1.74
13 0.289 15.53 21.55 – – 0.07 – 2 – 1.47

Case Ug (m/s) kreaction (s
�1) K at H3 ¼ 0.146 m (s�1) kmass transfer (m/s) Shp (�) dc (m) Shc (�) Shdiff. limit (�) dc (diff.) (m) Rep (�)

1 0.343 15.53 6.19 1.30E-04 0.00034 0.07 0.301 2 0.44 1.74
2 0.343 8.47 0.27 3.51E-06 0.00001 0.07 0.008 2 16.39 1.74
3 0.343 5.62 – – – 0.07 – 2 – 1.74
4 0.343 15.53 – – – 0.07 – 2 – 1.74
5 0.289 15.53 4.09 7.04E-05 0.00019 0.07 0.162 2 0.82 1.47
6 0.289 8.47 4.57 1.26E-04 0.00033 0.07 0.291 2 0.46 1.47
7 0.289 5.62 5.57 8.32E-03 0.02196 0.07 19.217 2 0.01 1.47
8 0.289 15.53 13.15 1.09E-03 0.00287 0.07 2.511 2 0.05 1.47
9 0.343 15.53 – – – 0.07 – 2 – 1.74
10 0.343 15.53 11.79 6.19E-04 0.00163 0.07 1.430 2 0.09 1.74
11 0.343 8.47 0.77 1.08E-05 0.00003 0.07 0.025 2 5.36 1.74
12 0.343 5.62 4.16 2.03E-04 0.00053 0.07 0.468 2 0.28 1.74
13 0.289 15.53 0.51 6.72E-06 0.00002 0.07 0.016 2 8.57 1.47

Case Ug (m/s) kreaction (s
�1) K at H4 ¼ 0.184 m (s�1) kmass transfer (m/s) Shp (�) dc (m) Shc (�) Shdiff. limit (�) dc (diff.) (m) Rep (�)

1 0.343 15.53 – – – 0.07 – 2 – 1.74
2 0.343 8.47 – – – 0.07 – 2 – 1.74
3 0.343 5.62 – – – 0.07 – 2 – 1.74
4 0.343 15.53 – – – 0.07 – 2 – 1.74
5 0.289 15.53 – – – 0.07 – 2 – 1.47
6 0.289 8.47 – – – 0.07 – 2 – 1.47
7 0.289 5.62 – – – 0.07 – 2 – 1.47
8 0.289 15.53 – – – 0.07 – 2 – 1.47
9 0.343 15.53 134.90 – – 0.07 – 2 – 1.74
10 0.343 15.53 10.73 4.40E-04 0.00116 0.07 1.016 2 0.13 1.74
11 0.343 8.47 8.22 3.59E-03 0.00947 0.07 8.283 2 0.02 1.74
12 0.343 5.62 4.13 1.97E-04 0.00052 0.07 0.455 2 0.29 1.74
13 0.289 15.53 – – – 0.07 – 2 – 1.47

(Continued)
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For small particles, the formation of particle clusters dur-
ing experiments and computation increases the mass transfer
resistance due to restricted movement of gas into the dense
clusters, thus, significantly decreasing the mass transfer coef-
ficient and Sherwood number. The conventional definition of
Sherwood number considers only the difference between the
bulk and surface concentrations or the radial distribution of
concentration caused by hydrodynamics in fluidized beds,
and not by diffusional resistance between bulk and particle
surface. The diffusion mass transfer resistance becomes sig-
nificant for small particles due to formation of clusters. This
leads to low Sherwood number. This shows that the ratio of
convection to diffusion for small particles with high tend-
ency to form clusters is lower than that for the large par-
ticles with low tendency to form clusters. Thus, the defini-
tion of the Sherwood number for small particles is misdirect-
ing, as it only shows a direct relation with the particle size,
and not with cluster. In view of the fact that the measured
and computed overall effective rate constants were close to
the reaction rate constants in this study, the mass transfer
was reasonably good, hence, showing that the mass transfer
was not as bad as shown by extremely low values of Sher-
wood numbers. From the CFD simulations, the average size
of the bubble or cluster was of the order of 0.07 m. Table 8
shows that the substitution of cluster or bubble size in Eq.
13 gave the Sherwood numbers for clusters or bubbles three
orders of magnitude higher than those for the particles. Ta-

ble 8 also summarizes the cluster or bubble sizes for the dif-
fusion limit of two for the Sherwood number.

In summary, this paper successfully measured the low
mass transfer coefficients and Sherwood numbers in fluidized
beds. It was also shown that the kinetic theory based CFD
codes, such as the IIT CFD code fully described in Gidas-
pow and Jiradilok,39 the commercial code, FLUENT and
publicly available MFIX code developed at the National
Energy Technology Laboratory (NETL), Department of
Energy (DOE), are capable of successfully computing the
mass transfer coefficients required for fluidized bed reactor
designs, without using such parameters as inputs. This elimi-
nates the need of Kunii and Levenspiel’s approximations56

for the use of mass transfer coefficients in fluidized beds,
with bubble properties as input in the models.

Conclusions

• The mass transfer coefficients and Sherwood numbers
for FCC particles, impregnated with ferric nitrate, were
measured and computed in the riser section of the IIT 2-D
CFB, which was operated as a bubbling fluidized bed, using
the first order ozone decomposition reaction.
• The effective rate constants measured from species con-

servation equation, using ozone and solids concentrations at
various axial levels, were higher in the free board region

Table 8. (Continued)

av ¼ 78.947 m�1

Case Ug (m/s) kreaction (s
�1) K at H5 ¼ 0.267 m (s�1) kmass transfer (m/s) Shp (�) dc (m) Shc (�) Shdiff. limit (�) dc (diff.) (m) Rep (�)

1 0.343 15.53 23.19 – – 0.07 – 2 – 1.74
2 0.343 8.47 18.06 – – 0.07 – 2 – 1.74
3 0.343 5.62 11.95 – – 0.07 – 2 – 1.74
4 0.343 15.53 9.06 2.76E-04 0.00073 0.07 0.636 2 0.21 1.74
5 0.289 15.53 112.70 – – 0.07 – 2 – 1.47
6 0.289 8.47 135.62 – – 0.07 – 2 – 1.47
7 0.289 5.62 21.89 – – 0.07 – 2 – 1.47
8 0.289 15.53 340.37 – – 0.07 – 2 – 1.47
9 0.343 15.53 85.36 – – 0.07 – 2 – 1.74
10 0.343 15.53 54.69 – – 0.07 – 2 – 1.74
11 0.343 8.47 175.17 – – 0.07 – 2 – 1.74
12 0.343 5.62 75.09 – – 0.07 – 2 – 1.74
13 0.289 15.53 322.06 – – 0.07 – 2 – 1.47

Case Ug (m/s) kreaction (s
�1) K at H6 ¼ 0.381 m (s�1) kmass transfer (m/s) Shp (�) dc (m) Shc (�) Shdiff. limit (�) dc (diff.) (m) Rep (�)

1 0.343 15.53 116.38 – – 0.07 – 2 – 1.74
2 0.343 8.47 96.00 – – 0.07 – 2 – 1.74
3 0.343 5.62 – – – 0.07 – 2 – 1.74
4 0.343 15.53 62.51 – – 0.07 – 2 – 1.74
5 0.289 15.53 – – – 0.07 – 2 – 1.47
6 0.289 8.47 122.31 – – 0.07 – 2 – 1.47
7 0.289 5.62 86.31 – – 0.07 – 2 – 1.47
8 0.289 15.53 178.57 – – 0.07 – 2 – 1.47
9 0.343 15.53 92.22 – – 0.07 – 2 – 1.74
10 0.343 15.53 24.74 – – 0.07 – 2 – 1.74
11 0.343 8.47 25.27 – – 0.07 – 2 – 1.74
12 0.343 5.62 43.84 – – 0.07 – 2 – 1.74
13 0.289 15.53 5.79 1.17E-04 0.00031 0.07 0.270 2 0.49 1.47
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than in the bubbling region. The measured reaction rate con-
stants were 15.53, 8.47, and 5.62 s�1.
• The CFD simulations were performed using a kinetic

theory based model in FLUENT, with EMMS drag, by
changing the (1) superficial gas velocity; (2) reaction rate
constant; (3) mesh/grid sizes; (4) initial particle bed height;
and (5) geometry between three- and two-dimensions.
• The computed solids volume fraction contours showed

coexistence of clusters and bubbles. The axial profiles of the
solids volume fractions showed transition from bubbling to
free board region at a height of around 0.15 m.
• The measured and computed ozone concentrations

decreased upon moving up in the bubbling fluidized bed due
to sequential decomposition of ozone on the surface of cata-
lyzed particles, but the ozone was not completely decomposed
due to the shallow bed of FCC particles. The concentration
became constant in the free board region. The 3-D simula-
tions with 100,000 fine mesh/grids reasonably matched the
measured ozone concentrations, but their differences with the
3-D simulations with 35,000 relatively coarser meshes/grids

and 2-D simulations were inappreciable, considering the com-
putational time required with 3-D simulations with extremely
fine grids. The ozone concentrations were higher at the center
than near the walls, in the dense region, due to core-annular
regime for solids volume fractions.
• The effective rate constants were computed by solving the

conservation of species equation between pairs of consecutive
points along the axial direction. The mass transfer coefficients
and Sherwood numbers measured and computed at various
axial levels inside the reactor, using the concept of additive
resistances, were of the orders of 10�6–10�3 m/s and 10�6–
10�2, respectively. Although the computed and measured
Sherwood numbers for fine particles were much lower than the
diffusion limit of two, their values at low Reynolds numbers
showed a reasonably good agreement with the literature values
summarized by Breault,6 especially with those obtained by
extrapolating the data by Bolland and Nicolai.4 The mass
transfer coefficients and Sherwood numbers were local quanti-
ties, which changed with position within the reactor. This
supports the reasoning by Breault6 that the mass transfer coef-
ficients and Sherwood numbers vary due to different flow
regimes and locations of data acquisition in the fluidized beds.
• The formation of particle clusters in the bubbling fluid-

ized bed increased mass transfer resistance due to the restricted
movement of gas into dense clusters. The conventional defini-
tion of Sherwood number in fluidized beds considers only the
difference between the bulk and surface concentrations or the
radial distribution of concentration caused by hydrodynamics,
and not by diffusional resistance between bulk and particle sur-
face. In view of the fact that small particles form clusters, the
diffusion mass transfer resistance becomes significant. This
leads to low Sherwood number, which is defined as the ratio of
convective to diffusion mass transport. This shows that the ra-
tio of convection to diffusion for small particles with high
tendency for form clusters is lower than that for large particles
with low tendency to form clusters. Hence, the definition of
the Sherwood number for small particles is deceiving, as it
only shows a direct relation with the particle size, and not with
cluster. In view of the fact that the measured and computed
overall effective rate constants were close to the reaction rate
constants in this study, the mass transfer was reasonably good,
thus, showing that the mass transfer was not as bad as shown
by extremely low values of Sherwood numbers. It was shown
in this study that the Sherwood number increased by three
orders of magnitude upon substituting the cluster or bubble
size into the Sherwood number equation for particles.
• It was also shown that the kinetic theory based CFD codes,

such as the IIT CFD code fully described in Gidaspow and Jira-
dilok,39 the commercial code, FLUENT and publicly available
MFIX code developed at the National Energy Technology Lab-
oratory (NETL), Department of Energy (DOE), can success-
fully compute the mass transfer coefficients required for fluid-
ized bed reactor designs, without using such parameters as
inputs. This eliminates the use of Kunii and Levenspiel’s
approximations56 for the mass transfer coefficients in fluidized
beds, with bubble properties as an input in the models.
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Figure 16. Comparison of measured and computed
particle Sherwood number vs. particle Reyn-
olds number data (A) in this study, and (B)
with the literature values.4,54–59

[Color figure can be viewed in the online issue, which is
available at wileyonlinelibrary.com.]

AIChE Journal March 2012 Vol. 58, No. 3 Published on behalf of the AIChE DOI 10.1002/aic 727



Notation

cp ¼ heat capacity at constant pressure (J/kg-K)
Cd ¼ drag coefficient (-)
CO3

¼ ozone concentration (kgmol/m3)
db ¼ diameter of bubbles (m)

db(diff.) ¼ diameter of bubbles, for Shdiff.limit ¼ 2 (m)
dc ¼ diameter of clusters (m)

dc(diff.) ¼ diameter of clusters, for Shdiff.limit ¼ 2 (m)
e ¼ particle–particle restitution coefficient (-)

ew ¼ particle-wall restitution coefficient (-)
h ¼ specific enthalpy (J/kg)
H ¼ riser height (m)

kmass transfer ¼ mass transfer coefficient (m/s)
kreaction ¼ reaction rate constant (s-1)

K ¼ effective rate constant (s-1)
P ¼ pressure (N/m2)

Qgs ¼ intensity of heat exchange from gas phase to solid phase
(J/m3-s)

Qsg ¼ intensity of heat exchange from solid phase to gas phase (J/m3-s)
r ¼ radial distance from center (m)
ri ¼ rate of reaction of specie, i (kgmol/m3-s)

rO3
¼ rate of reaction (kgmol/m3-s)

S ¼ source term due to chemical reaction (J/m3-s)
Sh ¼ Sherwood number (-)

Shdiff.limit ¼ Sherwood number with diffusional limit of 2 (-)
t ¼ time interval (s)

vg ¼ gas velocity (m/s)
vs,slip ¼ slip velocity at wall (m/s)

Greek letters

bA ¼ gas-solid drag coefficient for Hydrodynamic model A
(kg/m3-s)

eg ¼ gas volume fraction or voidage (-)
es ¼ solids volume fraction (-)

es,bubbling bed ¼ solids volume fraction in bubbling region (-)
es,max. ¼ maximum solids volume fraction or packing fraction (-)

lg ¼ viscosity of air (kg/m-s)
ls ¼ solids shear viscosity (kg/m-s)
q ¼ density of the material (kg/m3)

sph. ¼ stress tensor for phase ph (Pa)
y ¼ granular temperature (m2/s2)

Subscripts

0,1…7 ¼ axial position
g ¼ gas phase

ph. ¼ phase
s ¼ solid phase
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Appendix: An Example of the Measurement of
Mass Transfer Coefficient and Sherwood Number

In Table 4, Row 1 shows the results for Case C, with Ug

¼ 0.289 m/s. Use data at Y0 ¼ 0 m and Y1 ¼ 0.076 m.
Ozone concentrations were, CO3(inlet)

¼ 10.5 PPM and CO3(1)¼ 6.36 PPM. Solids volume fractions were, es0 ¼ 0.66 and
es1 ¼ 0.618.
Using Eq. 14,

0:289
ð6:36� 10:5Þ
ð0:076� 0Þ ¼ �K

ð6:36þ 10:5Þ
2

ð0:618þ 0:66Þ
2

(A1)

Therefore, K ¼ 2.91s�1.
The reaction rate constant obtained by solving linear equa-

tions for effective rate constant vs. superficial gas velocity,
at the heights of 0.711 and 0.381 m, was kreaction ¼
15.53s�1.
The surface area per unit volume of a spherical particle

was, av ¼ 6
dp
¼ 6

7:6�10�6 ¼ 78; 947m�1.
By using Eq. 12,

1

2:91
¼ 1

kmass transfer � 78; 947
þ 1

15:53

kmass transfer ¼ 4:54� 10�5m=s:

(A2)

By using Eq. 13,

Sh ¼ 4:54� 10�5 � 76� 10�6

2:88� 10�5
¼ 0:00012 (A3)

The size of the largest bubble was, dbubble ¼ 0.11 m.
The Sherwood number based on the largest bubble was,

Shb ¼ 0:00012� 0:11

76� 10�6
¼ 0:174 (A4)
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